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To address the challenges of high energy consumption and prominent costs in the traditional three-
columns distillation process for cellulosic fuel ethanol, a distillation—molecular sieve coupling
separation process is proposed. This process integrates a three-column (crude distillation column,
first distillation column, second distillation column) system with a 3A molecular sieve adsorption
deep dehydration unit. A thermal coupling network is constructed via differential pressure design
(steam from medium/high-pressure columns as mutual heat sources, reboiler liquid waste heat for
feed preheating), and molecular sieve adsorption conditions are optimized. The study first performs
a thermodynamic consistency test on the ethanol—water system, determines optimal non-random
two-liquid (NRTL) model binary interaction parameters via experimental data regression for
Aspen Plus simulation. Aiming at minimum total annual cost (TAC), Aspen Plus is used to optimize
process parameters (theoretical tray number, feed location, reflux ratio, side-draw position, etc.).
Economic analysis shows this process reduces CO, emission costs by 27.56%, TAC by 15.58% (to
5.123 x 10% USD-a~ 1), and increases ethanol purity to >99.6%, providing an effective solution for
green, efficient separation.
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All rights are reserved, including those for text and data mining, Al training, and similar technologies.

1. Introduction

fuel ethanol fermentation broth contains complex components,
such as water, methanol, higher alcohols, aldehydes, organic acids,

Against the backdrop of the global energy structure's acceler-
ated transition towards low-carbon forms, cellulosic fuel ethanol,
as a typical second-generation biofuel, has emerged as a vital
strategic option for alleviating fossil energy crises and reducing
carbon emissions in the transportation sector. It benefits from
extensive raw material sources (such as lignocellulosic biomass
including straw and wood chips), non-competition with arable
land, and high carbon cycle efficiency [1,2]. After undergoing
processes like pretreatment, enzymatic saccharification, and
fermentation of lignocellulosic materials, the resulting cellulosic
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and undegraded sugars. High-efficiency separation technologies
are indispensable for enhancing ethanol purity [3—5]. Neverthe-
less, this separation process confronts significant technical chal-
lenges. Firstly, ethanol and water form an azeotropic system
(azeotropic point at 78.15 °C, with an ethanol volume fraction of
95.57%), making it arduous to produce anhydrous ethanol directly
via conventional distillation. Secondly, impurities in the fermen-
tation broth interfere with the mass transfer efficiency during
separation and the performance of adsorbents, rendering tradi-
tional single separation techniques inadequate to meet industrial
requirements in terms of energy consumption, cost, and product
stability [6—9].

Traditional separation technologies exhibit pronounced limi-
tations in the purification of cellulosic fuel ethanol. Conventional
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distillation, constrained by azeotropic equilibrium, can only
elevate ethanol concentration to the azeotropic composition,
failing to achieve deep dehydration. Although azeotropic distilla-
tion was once applied, it has been phased out due to environ-
mental pollution caused by toxic entrainers like benzene [10—12].
The currently widely adopted extractive distillation technology,
using low-toxic solvents such as ethylene glycol, still suffers from
high reboiler energy consumption (1.8—2.2 MJ-kg~' ethanol)
because of the solvent's high boiling point (197.3 °C) and large
circulation volume. Moreover, the high-viscosity solvent tends to
cause tray blockages, significantly increasing equipment mainte-
nance costs. The molecular sieve adsorption method, leveraging
the preferential water adsorption properties of 3A zeolite molec-
ular sieves (water adsorption capacity 15% to 20% (mass), ethanol
adsorption <1% (mass)), achieves dehydration through pressure-
swing adsorption (PSA) or temperature-swing adsorption (TSA),
cutting energy use by 30% to 40% relative to extractive distillation
[13—15]. However, when treating low-concentration cellulosic
ethanol fermentation broth (water content >85%), the dynamic
adsorption capacity of molecular sieves drops sharply (=12% more
adsorbent is required for every 1% decrease in ethanol concen-
tration) and the regeneration cycle lengthens exponentially with
increasing water content, leading to steep rises in both capital and
operating expenditures. In addition, organic acids and aldehydes
in the broth undergo reversible or irreversible adsorption on the
active sites of molecular sieves, shortening their service life and
diminishing dehydration efficiency, thereby limiting the stand-
alone adsorption route [15,16].

While these individual technologies have been intensively
studied, their inherent drawbacks have spurred researchers to
explore hybrid schemes that can synergistically compensate for
their respective weaknesses. Against this backdrop,
distillation—molecular sieve coupling separation processes have
emerged as a promising next-generation solution. The core
innovation of this coupling lies in its ability to (i) exploit the
high throughput and established infrastructure of distillation for
bulk concentration and (ii) employ molecular sieves only for the
final deep-dehydration step, where their intrinsic selectivity is
most valuable [16,17]. Compared with conventional stand-alone
processes, the coupled scheme exhibits three unique advan-
tages: (1) Energy efficiency—by concentrating the ethanol
stream to 85% to 90% (mass) prior to adsorption, the adsorbent
inventory and regeneration duty are reduced by >60%, trans-
lating into an overall energy saving of 50% to 55% over extractive
distillation; (2) capital cost reduction—smaller sieve columns
and lower solvent circulation translate to 20% to 30% lower
installed cost; (3) environmental footprint—complete elimina-
tion of volatile entrainers avoids benzene emissions and sim-
plifies wastewater treatment [17,18]. The key scientific
breakthrough enabling this synergy is the precise matching of
operating windows: distillation is terminated just before the
molecular sieve's dynamic capacity collapses, while the subse-
quent PSA/TSA step is optimized to handle the residual water
load without excessive regeneration energy. This effectively re-
solves the “low-concentration penalty” that plagues stand-alone
molecular sieves and mitigates the “azeotropic barrier” that
limits distillation alone [19].

Building on this concept, Huang et al. [20] proposed an in-
tegrated distillation—membrane separation process for a
100 t-h™! ethanol—water mixture, projecting >50% energy sav-
ings over conventional distillation, although its extension to
ethanol—water—acetic acid systems remain under development.
Sharma and Wankat [21] designed temperature-swing-adsorp-
tion—distillation and pressure-swing-adsorption—distillation
hybrids for the isopropanol—water azeotrope, achieving

99.9999% (mol) isopropanol from a 10% (mol) feed; the
PSA—distillation variant showed the largest energy reduction.
Ritter et al. [22] systematically summarized four coupling to-
pologies (overhead, side-stream, or bottom-stream feeding to
PSA; PSA product recycle to the column; feed pre-treatment by
PSA; side-stream PSA polishing), providing a design map for
different purity and throughput targets. Wang et al. [23]
employed a precision gravimetric apparatus to obtain room-
temperature water/ethanol vapor adsorption isotherms on 3A
zeolite and starch-based biosorbents. At P/Py = 0.6, potato starch
exhibited a water-to-ethanol sorption ratio of 64.2, out-
performing cellulose and 3A zeolite; the Langmuir model best
described the 3A system (average relative deviation <5%), sup-
plying reliable parameters for process simulation. Chaibi et al.
[24] used dynamic TGA to quantify single-component adsorp-
tion kinetics of water and ethanol on 3A, 4A and 5A LTA zeolites
(20—45 °C). 3A showed the highest water uptake, initial rate,
and diffusion coefficient, while apparent ethanol uptake was
attributed to trace water co-adsorption, defining an optimal
temperature window for maximum selectivity. Kinetic model-
ling indicated that a pseudo-first-order model accurately
captured the data, from which activation energies were derived.
Gabrus et al. [25] investigated TSA regeneration of 3A and 4A
zeolites, identifying 130 °C as the minimum temperature for
effective water desorption within the f-cages; structural
collapse occurred near 800 °C, setting the upper thermal sta-
bility limit for these adsorbents.

This study focuses on the distillation section in fuel ethanol
production for process design and optimization. Aiming at the
technical bottleneck of excessive energy consumption in the
traditional three-columns distillation process (crude distillation
column, first distillation column, second distillation column), a
distillation-3A molecular sieve coupling process is innovatively
proposed to provide an efficient technical solution for the indus-
trial separation and purification of fuel ethanol. Through full-
process modeling and process parameter optimization using the
Aspen Plus simulation platform, the economic efficiency and
environmental friendliness of the production process are sys-
tematically improved, providing theoretical support and engi-
neering practice references for technological upgrading in the
renewable energy field.

2. Thermodynamic Modeling of Complex Systems and
Construction of Multidimensional Economic Evaluation
System

2.1. Thermodynamic consistency test of ethanol—water system

During the experimental determination of complete
vapor—liquid equilibrium (VLE) data including temperature (T),
pressure (P), liquid composition (x), and vapor composition (y), the
obtained experimental data may contain errors due to environ-
mental interference, measurement equipment precision limita-
tions, and human reading errors. Direct application of unvalidated
data in simulation calculations will seriously affect the accuracy of
simulation results, leading to significant deviations from actual
operating conditions.

Therefore, to ensure the reliability of experimental data,
rigorous evaluation of their accuracy is necessary before applying
VLE data to research or engineering practices. Thermodynamic
consistency testing is an effective method to judge the credibility
of experimental data. Specifically, all experimentally measured
VLE data should be subjected to consistency testing based on the
Gibbs—Duhem (G—D) equation. The G—D equation holds a pivotal
position in thermodynamic theory, precisely describing the
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inherent relationship between activity coefficients or fugacity
coefficients of solution components under constant temperature
and pressure conditions. Its mathematical expression is shown in
Eq. (1):

HE VE
— 1 1
E xd (Iny;) = E xi—RTz dT + E x,-—RTdP (1)

where Hf is the excess enthalpy of component i; Vl.E is the
excess volume of component i; x; is the liquid-phase mole
fraction of component i; v; is the activity coefficient of
component i.

In 1951, Herington proposed the integral test method [26].
Given that the measurement of VLE data is typically conducted
under isothermal or isobaric conditions, the validation of experi-
mental data can be classified into two scenarios: isothermal and
isobaric. For binary systems, the G—D equation in Eq. (1) can be
transformed into Eq. (2):

HE VE
x1d (Iny7) +xpd (In72) = —r dT + P (2)

Under isothermal conditions, the G—D equation obtained by
simplifying Eq. (2) is expressed as Eq. (3):

E
xpd(In y1) + xpd(In v) :%dP (3)

Under typical conditions, the right-hand side of the
equation equals zero. Therefore, Eq. (3) can be further simplified to
Eq. (4):

x1d(In v;) + x,d(Iny5) = 0 (4)

Under isobaric conditions, the simplified G-D equation derived
from Eq. (2) is presented as Eq. (5):

HE

x;dIny; +xdlny, = RT2 dr (5)

Under isobaric conditions, the excess enthalpy (HE) varies with
the composition of the system. Since the experimentally measured
VLE data are typically obtained under constant pressure condi-
tions, this variable must be considered. Given the difficulty in
directly obtaining HE, the Herington integral method was
employed to perform a definite integral calculation of the above
equation within the range of x; from 0 to 1. The specific expression
is as follows:

X1=1 X1=1 E
')’2 H
In 22 dx :J Har (6)
L:o 7 Ju-oRT2

The Herington semi-empirical method was employed to
simplify both sides of Eq. (6). For the left-hand side of Eq. (6), a
curve was plotted to establish an error evaluation model, and the
allowable error D was introduced as the evaluation criterion. Its
calculation formula is shown in Eq. (7), where Sa and S represent
the areas between the curve and the x-axis above and below the x-
axis, respectively.

_ [(5a—S8)
(Sa + SB)

The right-hand side of Eq. (6) is represented by the parameter ],
and its calculation formula is shown in Eq. (8).

% 100 (7)

J =150 x Tmax ~ Tmin (8)

Tmin

When |D—J|<10, the experimental data are determined to pass the
thermodynamic consistency test. Conversely, if |D—J|>10, the
experimental data are considered to have failed the test, indicated
unreliability and required rejection.

In the distillation process of fuel ethanol, the core objective is to
achieve efficient separation of ethanol and water. Based on the
above analysis and derivation, the integral test method was
adopted to conduct thermodynamic consistency testing for the
ethanol—water system. The VLE data of ethanol—water measured
at 101.3 kPa are listed in Table 1, and subsequent research will be
carried out for in-depth analysis based on these data.

The vapor—liquid equilibrium relationship can be expressed as:

Py; = vix;P} (9)

where P is the normal pressure (101.3 kPa), and P; is the saturation
vapor pressure of component i at the experimental temperature.
The value can be calculated by the Antoine equation, and its
expression is shown in Eq. (10).

B
InPs=A- T+C (10)

The Antoine constants A, B, and C for ethanol and water were
obtained via Aspen Plus. When used in conjunction with Eq. (10),
the pressure unit is mmHg (1 mmHg = 0.133 kPa) and the tem-
perature unit is K. The specific values of A, B, and C are listed in
Table 2.

Based on the Antoine constants and experimental data in
Table 1, the saturation vapor pressures P} and activity coefficients
vi at different temperature points were calculated, followed by the
solution of In(y; /v,). The calculation results are listed in Table 3.

Based on the calculation results in Table 3, a relationship curve
of In(vy; /v,) versus x; was plotted (see Fig. 1). The integral area
calculation function in Origin was used to obtain the areas Sy and
Sg above and below the x-axis, which were substituted into Eq. (11)
to calculate the error. Meanwhile, the value of ] was calculated, and
the analysis was carried out according to the judgment criteria of
the test method.

~1(0.286332 — 0.265853)

(0.286332 + 0.265851)| 100 = 3.708638 an
Table 1
Vapor—liquid equilibrium data of ethanol—water at 101.3 kPa.
P[kPa T/°C Xy X2 V1 V2
101.3 100 0 1 0 1

96.15 0.015 0.985 0.138 0.862
92.45 0.035 0.965 0.262 0.738
86.65 0.100 0.900 0.435 0.565
83.52 0.182 0.818 0.524 0.476
81.71 0.291 0.709 0.585 0.415
80.70 0.392 0.608 0.609 0.391
79.92 0.502 0.498 0.648 0.352
79.55 0.542 0.458 0.667 0.333
78.85 0.632 0.368 0.712 0.288
78.50 0.748 0.252 0.782 0.218
78.48 0.794 0.206 0.811 0.189
78.25 0.845 0.155 0.854 0.146
78.18 0.898 0.102 0.899 0.101
78.23 0.948 0.052 0.945 0.055
78.30 1 0 1 0

Note: x; is the liquid-phase mole fraction of ethanol, and x; is the liquid-phase
mole fraction of water; y; is the vapor-phase mole fraction of ethanol, and y, is
the vapor-phase mole fraction of water.
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Table 2
Antoine constants A, B, C for ethanol and water.
Component A B C T/K
Ethanol 18.91 3803.98 —41.68 —
Water 18.30 3816.44 —46.13 351.45-373.15

Table 3

Calculation results of saturation vapor pressures and activity coefficients.
T/°C P; [kPa P5 [kPa Y1 Y2 In(yq /v2)
100 223.11 101.19 - 1.0013 -
96.15 194.76 87.95 4.8213 1.0069 1.5659
92.45 170.82 76.84 4.4236 1.0100 1.4772
86.65 137.77 61.55 3.2062 1.0318 1.1342
83.52 122.33 54.43 2.3760 1.0820 0.7869
81.71 114.25 50.73 1.7769 1.1708 04171
80.70 109.92 48.76 1.4295 1.3342 0.0691
79.92 106.40 47.12 1.2316 1.5164 -0.2076
79.55 105.03 46.53 1.1889 1.5774 —0.2831
78.85 102.24 45.59 1.0487 1.9845 -0.6378
78.50 100.71 44.57 1.0491 1.9845 -0.6376
78.48 100.62 44.52 1.0327 2.0564 —0.6890
78.25 99.67 44.07 1.0252 2.1942 —0.7609
78.18 99.36 43.91 1.0182 2.3293 -0.8271
78.23 99.51 44.05 1.0148 2.4383 —0.8765
78.30 99.86 4415 1.0147 — —

Note: P is the saturation vapor pressure of ethanol, and P is the saturation vapor
pressure of water; v; is the activity coefficient of ethanol, and v, is the activity
coefficient of water.

g
B
_05 -
_1‘0 1 Il 1 1
0.0 0.2 04 0.6 0.8 1.0
X1
Fig. 1. Integral test results for ethanol—water system.
Tmax — Tiin 373.15 — 351.33
=150x ———— =150 x ————-——=9.32 12
J R X 35133 (12)
ID-J| =5.61<10 (13)

According to the criteria of the integral test method, the set of
experimental data was determined to have successfully passed the
thermodynamic consistency test. This result indicates that the
measured VLE data of ethanol—water exhibit good reliability,
which can be used as valid evidence for subsequent fitting
regression analysis to obtain binary interaction parameters,
providing solid data support for related research.

2.2. Selection of parameter regression method and thermodynamic
model

The ethanol—water system belongs to a typical non-ideal polar
system, with the operating pressure maintained within 1 MPa.
Under these conditions, NRTL, Wilson, and UNIQUAC models are
suitable thermodynamic models for this system [27]. However,
when simulating with the pre-set binary interaction parameters of
ethanol—water in Aspen Plus, significant deviations were found
between the simulation results and existing literature data, indi-
cating that relying solely on existing parameters is insufficient to
ensure simulation accuracy. Thus, experimental VLE data were
employed to perform fitting regression analysis on binary inter-
action parameters, aiming to obtain more reliable parameter
values for input into Aspen Plus and support subsequent simula-
tion calculations.

The VLE data of ethanol—water listed in Table 1 have passed
the thermodynamic consistency test, confirming their high
reliability. Based on this, the study further utilized these data
for binary parameter fitting regression to improve the accuracy
of simulation calculations. Specifically, Aspen Plus software was
first used to fit the experimental data with three conventional
thermodynamic models (NRTL, Wilson, and UNIQUAC), yielding
the corresponding binary interaction parameters for each model
(Table 4). These parameters were then input into Aspen Plus for
simulation to obtain the calculation results of the three models.
Finally, a detailed comparative analysis was conducted between
the calculation results and experimental data (Tables 5-7),
where T(exp) and T(cal) represent the experimental and calcu-
lated values of temperature (unit: °C), x;(exp) and xq(cal)
denote the experimental and calculated values of ethanol
liquid-phase mole fraction, and y;(exp) and y;(cal) represent
the experimental and calculated values of ethanol vapor-phase
mole fraction. Through this systematic analysis process, the
fitting effects of each model parameter and their impacts on
simulation results can be accurately evaluated, providing a sci-
entific basis for the rational selection of thermodynamic
models.

Through in-depth analysis of the data presented in Tables 5—7,
it is evident that the three thermodynamic models (NRTL, Wilson,
and UNIQUAC) all exhibit certain deviations between calculated
and experimental values when simulating the ethanol—water
system. To screen the optimal thermodynamic simulation
method for this system, a systematic comparison was conducted
from two key dimensions: maximum deviation and average de-
viation, with results detailed in Table 8. Close inspection of Table 8
reveals that in terms of the core accuracy indicator average devi-
ation, the NRTL model stands out with significantly lower values,
demonstrating better fitting performance and simulation accuracy
than the other two models. Consequently, the NRTL model is
deemed the most suitable for simulation studies of the
ethanol—water system, enabling more robust and reliable

Table 4
Binary interaction parameters obtained by regression of three thermodynamic
models.

NRTL Wilson UNIQUAC
ag ~6.277 ~2.503 2.006
aj 6.968 ~0.052 ~2.492
by 2150945 352.978 ~748.186
bji ~1762.433 ~57.265 782.637
G 0300 0 0
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Table 5

Deviations between calculated and experimental values of NRTL model.
T(exp)/°C T(cal)/°C AT/°C X1(exp) x1(cal) Ax yi(exp) y1(cal) Ay
100 100.01 0.01 0 0 0 0 0 0
96.15 96.24 0.09 0.015 0.014997 —3x10°C 0.138 0.139422 0.001422
92.45 92.59 0.14 0.035 0.035001 1x10°° 0.262 0.261423 —0.000577
86.65 86.56 —0.09 0.100 0.099991 -9 x10°® 0.435 0.437575 0.002575
83.52 83.52 0 0.182 0.182002 2x10°° 0.524 0.520525 —0.003475
81.71 81.73 0.02 0.291 0.291011 1.1 x 107> 0.585 0.573757 —0.011243
80.70 80.69 —-0.01 0.392 0.391996 —4 x 107 0.609 0.608987 ~13x107°
79.92 79.86 —0.06 0.502 0.501951 -49 x107° 0.648 0.652132 0.004132
79.55 79.51 -0.04 0.542 0.541977 —23 x107° 0.667 0.668156 0.001156
78.85 78.94 0.09 0.632 0.631916 -84 x107° 0.712 0.710645 —0.001355
78.50 78.42 —0.08 0.748 0.747985 -15x107° 0.782 0.783283 0.001283
78.48 78.33 -0.15 0.794 0.793999 -1 x107° 0.811 0.810557 —0.000443
78.25 78.2 -0.05 0.845 0.844996 —4x10°° 0.854 0.854079 7.9 x 1073
78.18 78.17 —-0.01 0.898 0.897991 -9 x10°® 0.899 0.899876 0.000876
78.23 78.21 -0.02 0.948 0.947995 -5 x107® 0.945 0.945308 0.000308
78.30 78.31 0.01 1 1 0 1 1 0

Table 6

Deviations between calculated and experimental values of Wilson model.
T(exp)/°C T(cal)/°C AT/°C Xx1(exp) x1(cal) Ax yi(exp) vy (cal) Ay
100 100.03 0.03 0 0 0 0 0 0
96.15 96.02 -0.13 0.015 0.014991 -9 x10°° 0.138 0.145601 0.007601
92.45 92.50 0.05 0.035 0.034995 -5 x 10°° 0.262 0.264065 0.002065
86.65 86.87 0.22 0.100 0.100011 1.1 x10°° 0.435 0.430842 —0.004158
83.52 83.89 0.37 0.182 0.182015 15 x 107> 0.524 0.516643 —0.007357
81.71 81.90 0.19 0.291 0.291009 9x10°° 0.585 0.578906 —0.006094
80.70 80.70 0 0.392 0.391948 -52x107° 0.609 0.620298 0.011298
79.92 79.83 -0.09 0.502 0.501805 —0.000195 0.648 0.665902 0.017902
79.55 79.48 -0.07 0.542 0.541799 —0.000201 0.667 0.681803 0.014803
78.85 78.87 0.02 0.632 0.631901 -99x10°° 0.712 0.722308 0.010308
78.50 78.34 -0.16 0.748 0.747915 -85 x107° 0.782 0.789613 0.007613
78.48 78.22 -0.26 0.794 0.793945 —55x 107> 0.811 0.814525 0.003525
78.25 78.12 -0.13 0.845 0.844972 —28x107° 0.854 0.855221 0.001221
78.18 78.08 -0.10 0.898 0.897991 -9 x10°° 0.899 0.898543 —0.000457
78.23 78.16 -0.07 0.948 0.948002 2x10°° 0.945 0.94351 —0.00149
78.30 78.30 0 1 1 0 1 1 0

Table 7

Deviations between calculated and experimental values of UNIQUAC model.
T(exp)/°C T(cal)/°C AT/°C X1 (exp) X1 (cal) Ax y1(exp) yi(cal) Ay
100 100.02 0.02 0 0 0 0 0 0
96.15 96.14 -0.01 0.015 0.014985 ~15x 107 0.138 0.142888 0.004888
92.45 92.54 0.09 0.035 0.034985 ~15x107° 0.262 0.263982 0.001982
86.65 86.63 -0.02 0.100 0.099984 -1.6 x107° 0435 0.437633 0.002633
83.52 83.60 0.08 0.182 0.181992 -8 x10°° 0.524 0.522716 —0.001284
81.71 81.73 0.02 0.291 0.290993 -7 x10°® 0.585 0.579514 —0.005486
80.70 80.68 -0.02 0.392 0.391955 —45 x107° 0.609 0.616455 0.007455
79.92 79.86 —-0.06 0.502 0.501884 —-0.000116 0.648 0.659763 0.011763
79.55 79.52 -0.03 0.542 0.543878 0.001878 0.667 0.675486 0.008486
78.85 78.96 0.11 0.632 0.631952 -48 x 107 0.712 0.716882 0.004882
78.50 78.44 —-0.06 0.748 0.747941 -59 x 107° 0.782 0.787205 0.005205
78.48 78.32 -0.16 0.794 0.793962 ~38x107° 0.811 0.813431 0.002431
78.25 78.21 —-0.04 0.845 0.844973 —27x107° 0.854 0.855707 0.001707
78.18 78.17 —-0.01 0.898 0.897976 —24x107° 0.899 0.900342 0.001342
78.23 78.20 -0.03 0.948 0.947984 ~16 x 107 0.945 0.945202 0.000202
78.30 78.31 0.01 1 1 0 1 1 0

simulation results and providing a solid foundation for subsequent
process optimization and simulation calculations.

2.3. Optimization methods and evaluation indicators

The total annual cost (TAC) is widely used for economic eval-
uation of chemical separation processes, so this study takes the

minimum TAC as the optimization objective. The TAC calculation
method reported in Ref. [27] has been widely recognized in the

industry, and its expression is given by Eq. (14).

TAC = T;—C +TOC

(14)

where TIC denotes the total installed cost. This study primarily
considers the core equipment of the distillation system, including
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Table 8
Deviations between calculated and experimental values of three thermodynamic
models.

Items NRTL Wilson UNIQUAC
Maximum deviation, AT -0.15 0.37 -0.16
Maximum deviation, Ax —84 x 107> —0.000201 0.001878
Maximum deviation, Ay —0.011243 0.017902 0.011763
Average deviation, AT —0.009375 —0.008125 —0.006875
Average deviation, Ax ~1.20 x 107 —438x 107> 9.03 x 107>
Average deviation, Ay —0.000329688 0.00354875 0.002887875

the column shell, trays, and heat exchangers, while excluding the
equipment costs of reflux drums, pumps, and valves. This simpli-
fication is based on the following considerations: compared with
key equipment such as distillation columns and heat exchangers,
the cost proportion of the former is extremely low, resulting in
negligible impact on overall cost accounting. Furthermore, a 3-
year payback period is set, which integrates industry standards
and project revenue expectations. For the total operating cost
(TOC), this study only accounts for three major expenses: heating
steam, chilled water, and power consumption, as they account for
a significant proportion of operating costs and have high data
availability. Additionally, the annual operating hours are set at
8000 h, which is consistent with the typical annual operation cycle
of chemical production units, ensuring the accuracy and ratio-
nality of production scale calculations.

Table 9 lists the detailed calculation formula for the TAC. When
calculating the column equipment cost, the column height is first
determined based on the number of trays (with a tray spacing set to
0.61 m), and the column diameter data are directly obtained from
Aspen Plus software. After determining the column height and
diameter, the main equipment cost of the column can be accurately
calculated. For the heat exchanger cost calculation, the heat and
cold load data provided by the simulation, combined with the heat
transfer coefficients (0.852 kW-m~2-K~! for the condenser and
0.568 kW-m~2-K~! for the reboiler), are used to calculate the heat
transfer area through temperature difference, thereby deriving the
heat exchanger equipment cost. The unit prices of different grades
of steam are as follows: low-pressure steam (160 °C) is 7.72
USD-GJ~ !, medium-pressure steam (184 °C) is 8.22 USD-GJ~!, and
high-pressure steam (260 °C) is 9.88 USD-GJ .

For the calculation of F. in the equipment cost of the column
shell, Fc = Fm x Fp, where F, = 3.67, and F;, can be obtained from
Table 10. For the calculation of F. in the equipment cost of the
column plates, Fc = Fs + F; + Fy,, with Fs = 1.0, F; = 0 (for sieve-
plate columns), and Fy, = 1.7. For the calculation of F. in the

Table 9
Mathematical formulations for calculating the TAC.

Table 10
Values of Fj for calculating the cost of the column shell.
Pressure/MPa <0.34 0.68 1.36
Fp 1.00 1.05 1.15
Table 11
Values of F; for calculating the cost of column plates.
Pressure/MPa <1.02 2.04 2.72 5.44
Fp 0.00 0.10 0.25 0.52

cost of heat exchangers, Fc = (Fg+Fp) x Fm, where Fn = 3.75,
Fq = 135 (for reboilers), Fy; = 0.8 (for fixed-tube-sheet
heat exchangers), and F, <can be retrieved from
Table 11. Qg and Q¢ represent the duties of the reboiler and
condenser, respectively (in kW); Ay is the latent heat of vaporization
(in kJ-kg™"); Cs is the price of heating steam (in USD-kg~'). The
Marshall and Swift cost inflation index, M&S, is taken as 1638.2.

To systematically explore the environmental impact profiles of
the integrated process, this study performed a comprehensive
analysis of energy consumption in the separation unit. The energy
consumption of the distillation process is predominantly derived
from coal combustion for heating, a process that entails substan-
tial emissions of greenhouse gases (GHGs), particularly CO».
Consequently, this study designated CO, emissions as the pivotal
metric for quantifying the environmental burden of the distillation
process. The calculation methodology proposed by Li et al. [28] is
outlined as follows:

Mcas = AcasMcoal + BeasW (15)
N
MCoal = QRrﬁCoal,trans (16)
tandard
W Qpump (17)
Ngrid,trans

where, Mgas (kg) represents the gas emission mass; My, (kg)
denotes the standard coal mass; Acas (kg-kW~!'-h™!) and Bgag
(kg-kW~1-h~1) are the emission conversion coefficients for stan-
dard coal and electricity, respectively. The Agas and Bgps values for
different gases are listed in Table 12 [29]. N is the operating time,
set to 8000 h-a~! in this study; Bcoal trans is the isentropic effi-
ciency (0.9); Qstandard 1S the standard coal calorific value

Items

Calculation formula

1

Equipment cost/USD-a~ Column height

Equipment cost of the column shell
Equipment cost of the plates

Heat transfer area of the condenser
Cost of the condenser

Heat transfer area of the reboiler

Cost of the reboiler

. a1
Operating cost/USD-a Steam

H =12x 0.6096 x (N — 2)

G = <—]\;§‘05) x 937.636 x ID'956 x HO802 x (218 + F()
G = (%) x 97.243 x ID'55 x H x Fc
_ Q
Ac = KcAT:
M&S
G = (W) x 474.668 x A2%5 x (2.29 + F¢)
.
AR = KrATg
M&S
Cy = (W) x 474.668 x A6 x (2.29 + Fc)

Cs = ?R x 3600 x 8000
lv




Table 12

Emission conversion factors for CO,.
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temperature 120—125 °C) for deep purification, while the inter-
mediate component stream withdrawn from the side line enters

Coefficient CO, the first distillation column (absolute pressure 0.10—0.30 MPa, top
Acns/kg-kg ! 5493 temperature 100—110 °C) for further refining. In the first distilla-
Bgas/kg-kw~1-h~1 0.997 tion column, the ethanol vapor from the column top (reflux ratio

(29307.6 kJ-kg™1); Ngrid,trans T€PrEsents the grid transmission effi-
ciency (0.92).

3. High-Efficiency Distillation—Molecular Sieve Coupling
Process

As shown in Fig. 2, the ethanol purification process proposed in
this study integrates three-columns distillation with molecular
sieve adsorption thermal coupling technology. The core process is
as follows: The biomass feedstock solution derived from fermen-
tation (ethanol mass concentration 3.5% to 5.5%) first enters the
primary and secondary preheaters, where the waste heat from the
bottom effluent of the crude distillation column and the waste
liquids from the first distillation column and second distillation
column is utilized as the heat source to raise the temperature of
the feedstock to 57 °C and pressurize it to 0.1 MPa. It is then fed
into the crude distillation column operating at an absolute pres-
sure of 0.04—0.06 MPa with a top temperature maintained at
60—65 °C for preliminary separation. The vapor stream containing
non-condensable gases such as CO, from the top of the crude
distillation column enters a water scrubber, where impurities are
removed by water washing before returning to the column top,
effectively reducing ethanol loss. Meanwhile, the liquid stream
withdrawn from the column top is transported to the second
distillation column (absolute pressure 0.40—0.60 MPa, top

1.0—4.0) serves as the heat source for the reboiler at the bottom of
the crude distillation column. After heat exchange with the col-
umn bottom medium, part of the ethanol vapor condenses and
returns to the column as reflux, while the remaining vapor is
combined with the vapor from the top of the second distillation
column (reflux ratio 4.5—8.0). The vapor from the top of the second
distillation column simultaneously supplies heat to the reboiler at
the bottom of the first distillation column. After gas—liquid sepa-
ration, the bottom liquid of the two distillation columns is pro-
cessed such that the gas phase returns to the column to maintain
distillation equilibrium, and the liquid waste serves as a heat
source for the feed preheater, maximizing waste heat recovery.

The streams withdrawn from the tops of the first and second
distillation columns undergo multi-stage heat exchange, with part
returning as reflux and the rest combined into a molecular sieve
adsorption bed (3A molecular sieve, operated at 170 °C under at-
mospheric pressure). Residual moisture is deeply removed via
selective adsorption, yielding fuel ethanol products with a purity
of 99.95%, while the adsorbed waste liquid is discharged from the
system. The process employs thermal coupling technologies,
including three-columns differential pressure design (cooperation
of low, medium, and high pressures), top vapor-bottom medium
heat exchange, and waste liquid heat recovery, to reduce external
steam demand and achieve a 50% energy consumption reduction
compared to conventional processes. Meanwhile, the process
shortens the production route, improves ethanol yield and product
quality, and has application value for the industrial production of
high-purity ethanol products such as fuel ethanol and medical
ethanol.
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Fig. 2. Schematic of high-efficiency distillation-molecular sieve coupling process: (1) primary preheater 1, (2) primary preheater 2, (3) crude distillation column, (4) overhead
condenser of crude distillation column, (5) bottom reboiler of crude distillation column, (6) auxiliary reboiler, (7) bottom gas—liquid separator of crude distillation column, (8)
water scrubber, (9) feed pump of first distillation column, (10) first distillation column, (11) auxiliary condenser 1, (12) bottom reboiler of first distillation column, (13) bottom
gas—liquid separator of first distillation column, (14) feed pump of second distillation column, (15) second distillation column, (16) auxiliary condenser 2, (17) bottom reboiler of
second distillation column, (18) molecular sieve adsorption bed.
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4. Aspen Simulation Optimization of High-Efficiency
Distillation—Molecular Sieve Coupling Process

The ethanol refining process developed in this study integrates
three-columns distillation with molecular sieve adsorption ther-
mal coupling technology. After preheating with bottom waste
heat, the feedstock solution first enters the crude distillation col-
umn for preliminary separation. The vapor stream from the top of
the crude distillation column is returned to the column after im-
purity removal, while the side-line components and top liquid
stream enter the first and second distillation columns for deep
purification, respectively. The three-columns differential pressure
design constructs an efficient thermal integration network: the
vapors from the medium-pressure and high-pressure columns
serve as mutual heat sources. After gas—liquid separation, the
bottom liquid of the columns is processed such that the gas phase
returns to maintain distillation equilibrium, and the liquid phase
preheats the feedstock as a heat source, achieving cascade utili-
zation of waste heat. Part of the overhead stream from the distil-
lation columns is recycled after heat exchange, and the remaining
part is dehydrated via selective adsorption by molecular sieves to
obtain high-purity ethanol products. The process reduces energy
consumption and shortens the process flow through multi-stage
thermal coupling and deep process integration, while improving
ethanol production efficiency and product quality.

To ensure separation efficiency, strict standards are set for the
mass fractions of product ethanol and water: the ethanol mass
fraction is not lower than 99.6%, and the water mass fraction is not
lower than 99.8%. Aspen Plus process simulation software is used
for scheme design and optimization, and the simulation flow is
shown in Fig. 3. The RadFrac rigorous calculation model is adopted
for the distillation column unit, the Heater module is used for heat
exchangers, and the NRTL activity coefficient model is selected as
the physical property method. Key separation indicators are set in
the simulation: the ethanol mass fraction at the top of the crude
distillation column is > 62.5%, that of the first distillation column
is > 50.0%, that of the second distillation column is > 92.0%, and
the ethanol mass fraction of the molecular sieve separation
product is > 99.4%. In the distillation-molecular sieve coupling
separation, special attention should be paid to the homogeneous
azeotrope characteristics of the ethanol—water system—the
traditional DSTWU simple distillation module is difficult to
effectively estimate key process parameters such as the number of
theoretical trays and minimum reflux ratio. Therefore, this study
uses Aspen Plus to perform sensitivity analysis on operating pa-
rameters, determines the optimal process parameter combination
through precise optimization, provides data support for the
optimal design and efficient operation of heat pump distillation,
and improves the economic efficiency and engineering feasibility
of the production process.
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Fig. 3. Effects of theoretical plate number of crude distillation column on reboiler
heat duty and column top ethanol mass concentration.

In the initial setting of operating parameters for the distillation
process, the reflux mass ratio is set to 3.0, and the feed location is
selected as the theoretical tray number minus 3. This setting aims
to ensure that the separation operation runs in the optimal energy
efficiency interval, while ensuring that the product purity meets
technical specifications, achieving a balance between economic
benefits and separation efficiency.

Analysis of the data shown in Fig. 3 indicates that when the
number of theoretical trays is less than 6, the overhead ethanol
concentration of the crude distillation column increases signifi-
cantly and rapidly with the increase in the number of theoretical
trays, while the steam consumption decreases sharply. When the
number of theoretical trays exceeds 6, further increasing the
number of theoretical trays leads to a gradual flattening of changes
in both the overhead ethanol concentration and steam consump-
tion. Considering factors such as separation efficiency and equip-
ment cost, the optimal number of theoretical trays for the
pressurized column is determined to be 6. At this point, the mass
concentration of ethanol at the column top can reach 70.61%, and
the steam consumption is relatively low, achieving a balance be-
tween separation efficiency and cost control.

As shown in Fig. 4, when the feed location in the crude distil-
lation column is moved toward the column bottom, the overhead
ethanol mass concentration exhibits a trend of first gradually
increasing and then sharply decreasing. This is because when the
feed location is close to the column top, the number of theoretical
trays in the rectifying section is insufficient to achieve efficient
separation; conversely, when the feed location is close to the
column bottom, the number of theoretical trays in the stripping
section is insufficient, similarly hindering the improvement of
separation efficiency. Furthermore, lowering the feed location in-
creases the reboiler load, thereby affecting the separation process.
When the feed location is between the 2nd and 5th theoretical
trays, the overhead ethanol mass concentration meets the sepa-
ration requirements. Considering both separation efficiency and
energy consumption, the optimal feed location for the pressurized
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column is determined to be the 3rd theoretical tray. At this loca-
tion, the ethanol content at the column top reaches a peak, with a
mass concentration of 70.46%, effectively balancing separation
performance and energy consumption.

With the number of theoretical trays set to 6 and the feed
location fixed at the 3rd theoretical tray, other operating param-
eters were kept constant while adjusting the key variable of reflux
ratio to investigate its effect on product quality and steam con-
sumption. The simulation results are shown in Fig. 5.

Analysis of the data in Fig. 5 indicates that moderately
increasing the reflux ratio can significantly improve product
quality. However, increasing the reflux ratio leads to an increase in
gas—liquid phase loads within the column, thereby raising the
reboiler load. Simulation results show that the overhead ethanol
content in the crude distillation column initially increases signif-
icantly and then levels off with increasing reflux ratio. Considering
both product quality and reboiler energy consumption, the reflux
ratio is set to 3.5 when the overhead ethanol content reaches
approximately 71.23%. At this point, the reboiler load is relatively
low, enabling the system to achieve an effective balance between
product quality and energy consumption under this operating
condition.

In this study, the side draw of the crude distillation column is
the ethanol product, and the side draw location has a significant
impact on product quality and energy consumption. Thus, with the
number of theoretical trays set to 6, the feed location fixed at the
3rd theoretical tray, and the reflux ratio set to 3.5, the influence of
the side draw location was simulated, and the results are shown in
Fig. 6. The 3rd theoretical tray is the feed tray, with the rectifying
section above it mainly containing light components in the feed
and ethanol—water azeotropes, and the stripping section below it
primarily used for heavy component concentration. When the side
draw location is less than 3, the ethanol content in the side draw
material is low and shows no obvious change; when the side draw
location is greater than 3, the ethanol content first increases
rapidly with the downward movement of the side draw location
and then levels off near the column bottom. A comprehensive
analysis determines that the optimal side draw location is the 4th
theoretical tray.

The separation efficiency of the first and second distillation
columns is affected by key variables such as the number of theo-
retical trays, feed inlet location, reflux ratio, and circulation flow
rate. Since the separation performance of the two columns directly
affects the product quality of the side draw from the crude
distillation column and the purity of the overhead product, the
comprehensive influence of these variables on the core operating
indicators of the two columns must be evaluated simultaneously
when optimizing the operating parameters of the distillation
columns. The analysis framework for the crude distillation column
can be used for sensitivity analysis, and Figs. 7—12 systematically
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show the influence laws of the number of theoretical trays, feed
location, and reflux ratio of the two distillation columns on the
main operating parameters. Specifically, fine-tuning of key pa-
rameters will affect the separation efficiency and thermal energy
consumption of the distillation process to varying degrees. In
practical operation, a balance between separation efficiency and
energy consumption control must be achieved through collabo-
rative optimization of multiple variables (see Figs. 13—15).



22 X. Feng et al. / Chinese Journal of Chemical Engineering 89 (2026) 13—24

9
&
w

6.19 92.6

1 1 I
' 1 '
' | '
1 | |

—— Reboiler steam consumption
—&— Column top ethanol concentration

1
1
!
1
1
1
1
1
1 1
1
1
1
|
1
1

6.17 -

i
615 |- '
.

%—I—:'—l/

Reboiler steam consumption/t-h™

3
£
Column top ethanol concentration/%

i
i
i
i
1
i I
5 7 9 11 13 15 17 19

1
)
6.13 L 92.0
Feed location

Fig. 11. Effects of feed location in second distillation column on reboiler heat duty and
column top ethanol mass concentration.

o0

3
b

4
3
(=9

o

' ] 924
—— Reboiler steam consumption
—&— Column top ethanol concentration

1 1 1 1
I 1 Il 1

4.0 4.5 5.0 55 6.0 6.5 7.0 75
Reflux ratio

Reboiler steam consumption/t-h™

Column top ethanol concentration/%

w

«

=3
<]
5]
[

Fig. 12. Effects of reflux ratio in second distillation column on reboiler heat duty and
column top ethanol mass concentration.

T
1
'
1
1

0.4 :
| -8 Vapor-phase ethanol
| |m—Liquid-phase efhanol ) T—
02 I |~ Vapor-phase water ' i
! |-4—Liquid-phase water :

—
[N S
)
s
[
o

Stage

Fig. 13. Gas—liquid distributions on plates of crude distillation column.

—#— Vapor-phase ethanol
—— Liquid-phase ethanol
| —— Vapor-phase water

—a— Liquid-phase water

Mass fraction

Stage

Fig. 14. Gas—liquid distributions on plates of first distillation column.

Based on the comprehensive consideration of the above sensi-
tivity analysis results, Table 13 summarizes the optimal operating
parameters of each column obtained from the simulation of the
ethanol—water distillation-molecular sieve coupling system.

In the high-efficiency distillation—molecular sieve coupling
process, the differences in gas—liquid distribution curve trends of
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Fig. 15. Gas—liquid distributions on plates of second distillation column.

each column are primarily influenced by the combined effects of
component volatility, tray efficiency, and molecular sieve action. In
the crude distillation column, the difference in relative volatility
between ethanol and water leads to the gradual enrichment of
ethanol concentration in the gas phase with increasing tray
number, while liquid water accumulates in the lower trays due to
its high boiling point property. In the first distillation column,
adjusting the reflux ratio enhances the separation efficiency,
causing the ethanol concentration in both gas and liquid phases to
reach equilibrium near the middle trays, whereas water compo-
nents significantly decrease in subsequent trays due to the
adsorption effect of molecular sieves. In the second distillation
column, the deep dehydration effect of molecular sieves further
improves the purity of ethanol in the gas phase, with liquid water
almost completely removed and the curve flattening out. These
trends reflect the improvement in component separation effi-
ciency during the stepwise purification process and the directional
regulation of gas—liquid equilibrium by molecular sieves.

5. Comparative Economic Analysis of High-Efficiency
Distillation—Molecular Sieve Coupling Process and
Conventional Three-columns Distillation

As shown in Fig. 16, this study conducts a systematic compara-
tive analysis of the conventional three-columns distillation process
and the high-efficiency distillation—molecular sieve coupling pro-
cess, based on the ethanol—water three-columns distillation pro-
cess widely applied in industrial fields in recent years [30—33]. To
ensure the scientific validity and rigor of the comparison, the high-
efficiency distillation—molecular sieve coupling process maintains
consistent feed composition and flow parameters with the con-
ventional process, with the only variable being the process type. As
presented in Table 14, by comprehensively comparing the differ-
ences between the two processes in key indicators such as CO,
emission costs and overall costs, the improvement effect of the
high-efficiency process is accurately quantified, and its superiority
and feasibility are fully verified. This comparative approach not only
ensures the reliability of research findings but also provides robust
theoretical support and practical evidence for the industrial
implementation of the high-efficiency process.

The high-efficiency distillation-molecular sieve coupling pro-
cess developed in this study employs 3A molecular sieves with a
unit price of 554 USD-t~!, where the material cost of molecular
sieves accounts for approximately 2.6% of the adsorption column
equipment cost. Compared with the conventional three-columns
process, this process reduces CO, emission costs by 27.56%, with
a TAC of 5.123 x 10° USD-a~'—representing a 15.58% reduction
from the conventional three-columns distillation process.

In terms of mechanism application and Aspen simulation inte-
gration, this study borrows the differential element balance concept
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Table 13

Optimal process parameters of each column in high-efficiency distillation-molecular sieve coupling process.

Column Theoretical plates Feed location Reflux ratio Side-draw location
Crude distillation column 6 3 3.50 4
First distillation column 8 5 5.51 —
Second distillation column 25 13 0.86 —
341.13K
303.68 K 1687.59 kW JMLI3K -
088 1687.59 kg-h
11963 kgh Ethanol 93.49% 1K
€0, 96.14% W S .
13 Waterd.74% 341373 kg'h™!
Water 3.84% 135K -3 Kg
0B 333.72K Ethanol 92.12%
303.15K §79.33 kg 3023.5 kg'h! Water 6.72%
6000 kgh™! Water 15.57% Ethanol 70.47% 0.9 bar
Water 100% 5 El(l:%noll 56165;% Water 28.40% N=40
> 15.16% R=12
359.811 K
675393?22?(1}. 333.15K 174828 kw 359811 K
Water 90.32% 422761 kW 132772 kg
s Ethanol 12.99%
Ethanol 8.78% o 345.58 K
W5.15K 015K Water 87.01% 1126 9»[ el
79248.9 kg-h™! ) 1 kg
Ethanol 4g78% 279.22kW Ethanol 89.56%
Water 83.02% 348.005 K 34558 K Water 10.44%
. 15000 kg+h™! 741.73 kW
Dextrose 12% 1 339.15K Ethanol 714%
€O, 1.5% 792489 kg-h™! anol 7.14%
Ethanol 4.78% Water 82.59%
Water 83.02% 15353 K Dextrose 10.24%
Dextrose 12% 574 4:66 W 0'8:"”
€0, 1.5% N=30
R=3.22
353.53K
66508.62 kg-h™!
Ethanol 0.68% 36687 K 366.87K
Water 87.33% 8 1062.6 kW 13813.09 kg'hﬂ

Dextrose 12%

Ethanol 0.06%
Water 88.79%
Dextrose 11.12%

Fig. 16. Process flow of conventional three-columns distillation: (1) primary preheater, (2) crude distillation column, (3) reboiler of crude distillation column, (4) condenser of
crude distillation column, (5) water washing column, (6) feed pump for first distillation column, (7) first distillation column, (8) reboiler of first distillation column, (9) condenser
of first distillation column, (10) feed pump for second distillation column, (11) second distillation column, (12) reboiler of second distillation column, (13) condenser of second

distillation column.

Table 14
Economic comparison between high-efficiency distillation—molecular sieve coupling process and conventional three-columns distillation.

Process Type Feed flow Ethanol mass Distillation column cost CO, emission TAC/USD-a™!

. 1 1 % . 1
rate/kg-h fraction/% TCC/USD-a ! TOC/USD-a ! cost/USD-a
High-efficiency distillation—molecular sieve 7.925 x 104 4.78 7.347 x 106 1.419 x 108 1.628 x 10° 5.123 x 106
coupling process
Conventional three-columns distillation process 7.925 x 10% 478 8.156 x 106 3.126 x 106 2.247 x 105 6.069 x 106

from membrane separation, treating the molecular sieve adsorption
process as a dynamic mass transfer unit. The RYield model is used in
the simulation to mimic the selective adsorption of water molecules
by molecular sieves, with an adsorption capacity set at 0.3 kg water
per kg molecular sieve. The bulk density p, = 729 kg-m~3 and gas
mass velocity G = 0.863 kg-m~2-s~! are coupled into the distillation
column module, leading to the optimized design of the adsorption
column with a height of 5.397 m and a diameter of 1.199 m. By seg-
menting the adsorption—desorption cycle period, a quantitative
description of the “size sieving effect” and “polar adsorption” mech-
anisms is achieved, ultimately increasing the ethanol purity to 99.6%.

6. Conclusions

This study aimed to address the high energy consumption and
significant costs associated with the conventional three-columns
distillation process in cellulosic ethanol separation. An innova-
tive high-efficiency distillation—molecular sieve coupling process

was developed, and process parameters were systematically
optimized using the Aspen Plus simulation platform. The ther-
modynamic characteristics and economic competitiveness of
different processes were thoroughly analyzed. The core of this
process lies in constructing a thermal coupling network and
cascading utilization of waste heat. Through the synergistic effect
of multiple technologies, it overcomes traditional separation bot-
tlenecks. The size sieving and polar adsorption properties of 3A
molecular sieves are harnessed to achieve deep dehydration.
Simulation results indicate that, compared with the conventional
three-columns process, the new process reduces CO, emission
costs by 27.56% and decreases the TAC to 5.123 x 10% USD-a~,
representing a 15.58% reduction. However, the regeneration en-
ergy consumption of molecular sieves limits its economic advan-
tages to some extent. Through process intensification and
technology integration, this study provides a viable solution for
the green manufacturing of cellulosic ethanol. Future research
could further explore the tandem process of molecular sieves and
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membrane separation to achieve synergistic enhancement of
“selective adsorption—pervaporation,” thereby further reducing
separation energy consumption. In summary, the high-efficiency
distillation—molecular sieve coupling process proposed in this
study offers theoretical and technical support for solving high-
energy-consumption problems in the biomass energy field and
holds significant implications for promoting the industrial devel-
opment of renewable energy.
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